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Numerical solutions to the diffusion-convection equations are obtained with a digital 
computer to establish the role of concentration level of the nondiffusing species in nonequi- 
volume diffusion in fully developed turbulent flow of gases in pipes, Results indicate thut 
under ordinary mass tronsfer rates for a system a t  constant Schmidt and Reynolds numbers 
product of the gas-phase mass transfer coefficient and the log mean partial pressure of the 
nond.iffusing gas is nearly constant both in the mass transfer entry region and in the fully 
developed region. These results are compared with the experimental data on vaporization 
and absorption processes. 

W e  show that the effect of the mass transfer section length on the rate of turbulent mass 
transfer is quite significant. Furthermore, the results of the diffusion-convection analysis are 
in better agreement with experimental data for sections of finite length than results calcu- 
lated from the momentum-mass transfer analogy. The two methods agree in the limit for 
tubes of infinite length. 

In many chemical engineering processes such as evap- 
oration, humidification, partial condensation, absorption, 
and desorption the mass transfer process consists of the 
diffusion of a solute through a nondiffusing gas stream. 
The role of the concentration of the nondiffusing gas in 
the rate of transfer of solute by pure molecular diffusion 
has been well established by Stefan (16) and Maxwell 
( 1  1 ) in the formulation of their classic diffusion equations. 
In recent years these equations were fully validated by 
experiments involving binary and ternary systems. 

An interpretation of the Stefan-Maxwell diffusion equa- 
tions for the case of diffusion of a solute through a stag- 
nant gas implies that the diffusion flux established by a 
concentration gradient of the solute in the binary system 
creates a convective flow in the direction of the diffusion. 
The magnitude of the convective transport depends upon 
the concentration gradient of the solute and the con- 
centration of the nondiffusing gas. In the interpretation 
of gas phase mass transfer processes by molecular dif- 
fusion through a hypothetical stagnant film, the convective 
transport resulting from the diffusion process has usually 
been accounted for through the film pressure factor. For 
diffusion of one gas through a second stagnant gas the film 
pressure factor becomes the log mean average partial 
pressure of the stagnant gas over the diffusion path, that 
is, p~ , , , .  The role of the film pressure factor has been well 
confirmed for pure molecular diffusion, but only in recent 
years attention has been focused on verifying its role for 
mass transfer in turbulent flow of gases as it occurs in 
absorption and vaporization processes. 

Seshadri and Toor (14) have made an approximate 
theoretical analysis based on the analogy theory for Nsc = 
1.0 which indicates that the mass transfer coefficient varies 
inversely with pBm, in agreement with the film theory. 

Cairns and Roper ( 2 )  were the first ones who deliber- 
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ately studied the influence of inert concentration level on 
the gas phase mass transfer coefficient. They evaporated 
water and condensed steam into air in a long wetted wall 
column similar to the one used by Gilliland and Sherwood 
(6) .  Cairns and Roper varied the ~ B ~ / P  ratio from 0.15 
to 0.97. 

Further experimental study was undertaken by West- 
kaemper and White (24)  who vaporized carbon tetra- 
chloride into air from a pan mounted flush in the floor of 
a rectangular wind tunnel. The variation of ~ B ~ / P  in their 
study was from 0.287 to 0.81. 

The studies cited above have been in general, inconclu- 
sive and/or contradictory with regard to the effect of the 
film pressure factor. Much of the data scatter badly. This 
attests to the experimental difficulties involved in the ac- 
curate measurement of mass transfer rates and concentra- 
tion differences over a wide range of inert gas composi- 
tion in the various types of apparatus employed. 

The most recent work on the investigation of the effect 
of concentration level upon the gas phase mass transfer 
coefficient was conducted by Behrmann (1 ) and recently 
reported by Vivian and Behrmann (17). In this study, 
ammonia was absorbed from gaseous streams of nitrogen 
and air into distilled water and aqueous ammonia solutions 
in a short wetted wall column. The mean inert mole frac- 
tion was varied over the range 0.934 to 0.058. Also de- 
sorption of ammonia from ammonia solution into air was 
studied. In this study variables of pressure and Schmidt 
and Reynolds numbers were held constant. The mass 
transfer Stanton number was correlated vs. mean inert 
mole fraction. Although considerable experimental scatter 
exists at low values of the mean inert mole fraction, the 
results of the absorption experiments were best correlated 
with the film pressure factor to the first power. However, 
the results of the data on desorption did not correlate with 
the absorption runs. Therefore, although this study ap- 
pears to be best to date, the results show that the role of 
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the film pressure factor in desorption or vaporization proc- 
esses can not be established with certainty. 

A theoretical study of turbulent transport of mass into 
gaseous streams may be made through the solution of the 
diffusion convection equations. Considerable interest has 
been shown on the use of differential form of the rate 
equations for turbulent transport of heat and momentum. 
Recently, Kays (9) has summarized several of these stud- 
ies. One of the earlier studies was made by Sleicher and 
Tribus (15)  who presented solutions for the variation of 
the heat transfer coefficients in turbulent flow in pipes 
with a constant surface temperature and with no cross 
flow velocity. But as these authors pointed out, their solu- 
tions are not accurate for short transfer sections and for a 
gaseous range since more eigenvalues are needed than 
those presented in their paper. Furthermore, Kays (9)  
has recently pointed out that the Sleicher and Tribus re- 
sults predict higher values for heat transfer coefficients 
for fully developed region in the gaseous range and there- 
fore are not very accurate even for long transfer sections. 
This discrepancy is due to the eddy diffusivity distribution 
functions employed by these authors ( 1 5 ) .  Westkaemper 
and White (24)  attempted numerical solutions to the 
diffusion convection equations for parallel plate geometry 
but they also neglected the cross flow velocity due to mass 
transfer. Their computed results did not agree with their 
measured mass transfer rates at low Reynolds number 
where the effect of the cross flow velocity was maximum. 

The purpose of this work is to attempt numerical solu- 
tions of the diffusion convection equations for the case of 
convective mass transfer from a cylindrical tube into a 
turbulent gas in the presence of a finite cross flow velocity, 
and thus to establish theoretically the effect of the film 
pressure factor upon the transfer rates. 

THEORETICAL ANALYSIS 

The Equation of Convective Diffusion 
Consider the case of vaporization of a liquid (or solid), 

A, from the wall of a tube over a mass transfer section 
of finite length, ZL, into which a binary mixture consisting 
of varying amounts of diffusing species, A, and inert gas, 
B, enters with a fully developed velocity distribution as 
shown in Figure 1. Component A is maintained at a con- 
stant concentration (vapor pressure) at the wall over the 
entire section. The mass transfer occurs by diffusion and 
also by bulk transport of material by a velocity in the 
radial direction. The following assumptions are made: 

1. acA/ae = 0, that is, diffusion in 0 direction is negli- 
gible. 

2. au/& = 0, that is, fluid enters the tube with a fully 
developed velocity profile and under ordinary mass trans- 
fer rates the contribution of the mass transfer to the mean 
velocity is negligible. This assumption is verified by the 
experimental study recently completed ( 2 2 ) .  

3. The d/dz[ ( D  + E ) d C A / & ]  term which represents 
diffusion in the axial direction is negligible. Schneider’s 
(13) theoretical analysis seems to support this assumption. 
4. An eddy diffusivity based on the mole average veloc- 

ity is taken to be equal to the eddy diffusivity based on 
y o t l l e  solid 

or liquid 

Fig. 1 .  Schematic diagram of the diffusion 
convection model. 

the mass average velocity. At low mass transfer rates this 
assumption appears to be satisfactory. In the subsequent 
treatment therefore, a single eddy diffusivity E will be 
designated for both cases. 

This results in the following simplified form of the equa- 
tion of convective diffusion: 

Vz--+Vr-=-- a c A  a [ ( D + E ) r -  
ar dz r dr dr 

Diffusion of  Solute Through an Inert Gas 
It is often noted that in many mass transfer processes, 

such as evaporation or absorption of solute in gaseous 
streams, the transfer mechanism can be approximated as 
that of diffusion of solute through a gas which exhibits no 
net transfer in the direction of the solute transfer. There- 
fore, in this case the rate equation at the boundary of the 
transfer, at the pipe wall, becomes 

Strictly speaking the net mass flux of component B is 
zero only at the wall since the wall is impermeable to B.  
But in this work we shall assume that at ordinary mass 
transfer rates the condition, N B  = 0, is true at every radial 
position in the pipe. Then from Equation ( 2 )  one obtains 
the relationship between the cross flow velocity distribu- 
tion and the concentration gradient as follows: 

(3)  
( D f E )  ~ C A  
C ~ - C A  dr 

- v, = - 

It  is noted that the cross flow velocity is zero at the axis 
of the pipe since the concentration gradient is zero and 
cross flow velocity is maximum at the pipe wall. 

Since we are dealing with diffusion processes in gaseous 
streams it is convenient to use partial pressure instead of 
molar concentrations as a driving force. By assuming an 
ideal gas law for the binary solute-inert mixture the fol- 
lowing relationships result in terms of partial pressure 
driving force: 

and the diffusion convection Equation (1) can be written 
as 

v z  - 
az 

a P A  

This equation forms the basis for the theoretical con- 
sideration of transfer of one component into a turbulent 
solute-inert binary gas stream. In order to complete the 
mathematical formulation of this problem the boundary 
conditions of the system should be considered as discussed 
in the following section. 

Boundary Conditions 
The boundary values of the system are as follows: 

1. The concentration at the wall i s  constant for all 
downstream distance z.  Hence p A  = PAW,  at r = R and 
for all z .  

2. The concentration of the inlet gas is constant and 
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PA = pAi,  at Z = 0 and for all T > 0. 
3. There is no concentration gradient at the axis of the 

tube. Hence concentration profile is symmetric around the 
radial axis. That is a p A / a r  = 0, at T = 0 and for all z.  

It  is evident that the basic problem is the determination 
of the concentration distribution as a function of radial 
and axial positions. This involves the simultaneous solution 
of the equations of change. But the mathematical nature 
of these equations does not permit a rigorous solution in 
all but a few simplified cases. For the specific problem at 
hand a numerical solution of the diffusion convection equa- 
tion is sought. 

Eddy Diffusivity and Mean Velocity Distributions 
It is appropriate now to consider the diffusion convec- 

tion Equation ( 5 )  since it expresses the relationship be- 
tween the concentration gradients in the radial and the 
axial positions in the system. Equation ( 5 )  may be solved 
if the variation of the time averaged velocity, V ,  and the 
variation of the eddy diffusivity, E, with the positions in 
the system are known. A basic uncertainty in the theoreti- 
cal treatment of a turbulent mass transfer process lies in 
not knowing these distribution functions under the condi- 
tions of finite mass exchange between the fluid streams and 
the pipe wall. In the absence of such information concern- 
ing the eddy distribution in the past, several analyses had 
assumed that under low mass transfer rates E is the same 
for both the momentum and the mass transfer process, at 
least in the region close to the wall where most of the 
transfer takes place. This resulted in several empirical 
expressions having been proposed for the eddy viscosity 
distributions in the vicinity of a pipe wall. But as we 
pointed out earlier, the real success of any analysis de- 
pends to a considerable extent on how carefully the eddy 
variation is chosen near to the wall. 

It is considered here that the choice of the assumed 
eddy distribution will be justified only if it satisfies the 
equations of mean motion; it is continuous with respect 
to that obtained from von Karman's logarithmic distribu- 
tion in the turbulent core region; it is compatible with the 
mean velocity distribution expression, and gives no discon- 
tinuity in the velocity distribution function over the region 
from the wall to the point away from the wall beyond 
which E is assumed constant; it eliminates the concept of 
sharply defined fluid layers and describes the whole wall 
region where mass transfer mainly takes place; and it 
agrees with the experimental data. All these criteria ex- 
cept the first criterion have been recently set by Gowariker 

Using the equations of continuity and the equations of 
mean motion we have derived (20) compatible expres- 
sions for velocity and eddy viscosity distributions for the 
whole wall region of the fully developed turbulent pipe 
flow. Our proposed expressions agree with the experimen- 
tal data on velocity and eddy variations. Furthermore, 
using these distributions we have presented (21 ) the 
momentum-mass transfer analogy expressions and found 
an excellent agreement with the experimental data on mass 
and heat transfer rates. Since the present eddy and mean 
velocity distributions satisfy all the criteria set in the pre- 
vious paragraph for the purpose of solving the diffusion 
convection Equation ( 5 ) ,  these distributions will be 
chosen for the wall region where mass transfer mainly 
takes place. These velocity and eddy-viscosity distributions 
for the wall region are given as follows: 

U +  = y+ - 1.04 x lod4 ( Y + ) ~  + 3.03 X 

(7,8). 

(Y+)~, 
for O A y + L 2 0  (6) 

E 4.16 x ( Y + ) ~ -  15.15 x ( Y + ) ~  -= 
Y 1 - 4.16 X ( Y + ) ~  + 15.15 X ( Y + ) ~  ' 

for 0 4 ~ ~ 4 2 0  (7) 
Where U +  and y +  are the dimensionless velocity and 
dimensionless distance from the wall. * 

In order to obtain these distributions in the wall region 
we have used von Karman's logarithmic velocity distribu- 
tion (18) for the fully developed turbulent core region. 
In the present analysis von Karman's velocity expression 
will be retained for the region away from the wall. Von 
Karman's velocity expression is written 

( 8 )  

For steady flow in a cylindrical tube, the shear stress is 
proportional to the distance from the axis and the eddy 
viscosity function for the region away from the wall is ob- 
tained from von Karman's velocity distribution function: 

Uf  = 2.5 In y +  + 5.5 for y+ 1 2 0  

(9) 

In the past (10) it has been observed experimentally 
that the eddy viscosity goes through a maximum and 
reaches a constant value at the axis of a tube. Therefore 
for the purpose of present analysis we shall assume the 
variation of the eddy viscosity function as given by the 
relationship (9) to a distance, yl, far away from the wall 
and a constant value of the eddy viscosity that is assumed 
from there on to the axis. The point yl beyond which the 
value of eddy viscosity is assumed constant is determined 
by the following analysis. 

Consider constant eddy diff usivity for momentum in the 
turbulent core of the turbulent velocity field. With this 
assumption the integration of the equation for turbulent 
shear stress between the point yl and the central axis gives 

70 g c  (y l -  R)2 = * ( T J R ) ~  * R 
E'2R 2E' 

(Urnax- Ul) = - 
(10) 

Where E' = p + p E ;  U 1  corresponds to the velocity at 
the point yl; U,,, corresponds to the velocity at the cen- 
tral axis of the pipe and r0 is defined as 

gc 70 = UQ2p 

Then relation (10) can be rewritten as 

Thus if a plot of U,,, - U / U "  vs. r2 is prepared from the 
experimental data on the fully developed velocity profile, 
the slope of the straight line through the data'would be 
directly related to the constant total viscosity E + p. This 
technique of determining E has been previously used by 
Clauser ( 3 ) .  A plot of Urnax - V/U' vs. y/R of the ex- 
perimental velocity distribution data for all Reynolds num- 
bers is given by Schlichting (12). When Equation (11) is 
used in conjunction with the plot given by Schlichting, the 
point of junction yl is found where the values of eddy 
viscosity given by Equation (11) and by the von Karman 
relation [Equation (9) ] approximately agree. This point 
of junction was found to be at about 30% of the distance 
away from the wall, that is yJR = 0.3. 

It should be pointed out that the present theoretical 
results for mass transfer are found to be rather insensitive 
to small errors in the choice of the junction point. 

Once the value of the junction point has been deter- 

* The precise intersection of E uations ( 6 )  and ( 8 )  occurs at y+ = 
19.75. Use of the rounded off v&e of 20 has negligible effect on the 
present calculations or the earlier analogy application (21 ) . 
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mined then the averaged value of the eddy viscosity which 
represents the central turbulent core can be obtained over 
a wide range of Reynolds number by the relationship (11) 
as follows: 

From calculated concentration profiles the cup-mixed 
averaged value of the concentration paavg was calculated 
for every incremental value of Z where paavg is the mean 
concentration over a cross section and is defined by 

This expression for eddy viscosity is similar to the result 
of Clauser ( 3 )  in the turbulent boundary layer. 

Nondimenrionolized Equations 

Since dimensionless velocity U +, in the previous sec- 
tion, is given as the function of the dimensionless distance 
y+  it is convenient to nondimensionalize the diffusion 
convection equation and the boundary conditions of the 
system. Using a nondimensionalizing procedure the diff u- 
sion convection Equation (5) becomes: 

From the concentration profiles the concentration gradi- 
ents were computed and the mass flux at the wall for 
every incremental value of Z was then calculated by the 
relation 

Since the computation of the local mass fluxes involves 
the knowledge of the concentration gradient which cannot 
be determined with very great precision, the local mass 
transfer rates were also computed and compared with 
the following relation 

J I -" 
'. I 

-+ ( P - p ~ i  

The boundary values of the system when expressed in di- 
mensionless form become: 

) ($)' J (13) The above relation can be derived by a mass balance over 
a cylindrical slice. This equation permits the calculation 
of NA first, by a graphical integration which is a smooth- 
ing effect, then a differentiation. This method of calculat- 
ing mass fluxes was chosen in this study. 

'- P A  
AW - P A i  

1. PA = 1 

2. p A  = 0 at Z = 0 for all y" > 0 

at y" = 0 for all Z 

a P A  3. - = 0 
8Y" 

at y" = 1 for all Z 

In this nondimensionalizing procedure an explicit influ- 
ence of Reynolds number is noted. As Reynolds number 
becomes large the concentration gradient in the axial di- 
rection becomes small, and in the limit the concentration 
gradient approaches zero. 

As we pointed out earlier it is not possible to obtain 
an analytical solution of the diffusion convection equations. 
Therefore in order to accomplish an accurate solution of 
the diffusion convection equations which will satisfy the 
given boundary conditions a numerical approach is 
adopted. The method used to solve the diffusion convec- 
tion equations consists of finite difference technique. A 
four point explicit method of finite differences is used. 
IBM 7090 and IBM 7094 digital computers were em- 
ployed to solve the equations. Details of the procedure and 
the computer program are available elsewhere (19). 

NUMERICAL RESULTS 

Sufficiently small increments were obtained by dividing 
the radial distance into twenty divisions near the wall be- 
tween y" = 0 and y' = 0.2 and five divisions from that 
point to the radius. The longitudinal distance Z consisted 
of 10,000 increments. The grid size was developed by 
stability tests in which successively smaller grids were 
used until the numerical results no longer changed. For 
each run there were 250,000 (10,000 x 25) values of 
concentration calculated and it was not practical to print 
out all this information. Therefore only 500, (20 x 25) ,  
values of concentration were saved at twenty equally 
spaced increments of AZ = 0.05. 

TABLE 1, GILLILAND-SHERWOOD VAPOHIZAIXON DATA 

System: Air-n Butyl alcohol 

N R ~ "  = 4,150; N s c  = 1.88 
ZL = 117 cm.; 
TL = 50°C.; 

d = 2.67 cm. 
pv = 38 mm. mercury 

PAi  = 0 

Measured 
values 

Analogy 

values prediction 
Predicted theory 

14.5 mm. - Exit conc. 17.5 mm. 

Ns t 0.00401 0.00372 0.00312 

* Reynolds numbers are based on gas velocities relative to the pipe 

mercury mercury 

wall. 

TABLE 2. CAIRNS-ROPER VAPORIZATION DATA 

System: Air-water 

NRe" = 8,925; Nsc = 0.60 
ZL = 94.62 cm.; d = 2.29cm. 
TL = 32°C; p ,  = 35.9mm. 

mercury 

Measured Analogy 
values Predicted theory 

values prediction 

Exit conc. 23.52 mm. 24.46mm. - 
N s  t 0.0058 0.0059 0.0054 

mercury mercury 

*Reynolds numbers are based on gas velocities relative to the pipe 
wall. 
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From the knowledge of the mass fluxes and the average 
concentration, the mass transfer coefficient, k,, was com- 
puted for every incremental value of Z, where k, is de- 
fined by 

From these calculations Sherwood and Stanton numbers 
were computed. The local Shenvood number is defined as: 

k, R'Td 

( N A W ) Z  = kg ( P A W  - p A a v g )  (17) 

2 p  ( P A W  - p A i )  (8%) N S h  = - = 
D ( P - P A W ) ( p A W - P A a v g )  ay" W 

(18) 
and Stanton number (with the film pressure factor in- 
cluded) as: 

As a test of the calculation method and the assumptions, 
a number of Gilliland and Shenvood's ( 6 ) ,  and Cairns 
and Roper's (2)  wetted wall columns experiments was 
simulated on the computer. Two of these results are given 
in Table 1. Values of the calculated exit concentration and 
the log mean Stanton number are compared with the ex- 
perimental vaIues of GiIliland and Sherwood. The calcu- 
lated Stanton number is also compared with the one cal- 
culated from the analogy theory of the authors (21).  In 
Table 2 a similar comparison is made with the Cairns and 
Roper experimental value. It is seen that in these two 
cases and. the others tested, the calculated values give 
better results than the analogy calculation. 

Having established some confidence in the method, 
hypothetical cases were studied. Concentration profiles 
and local Stanton numbers were computed over a range 
of values of Z, Schmidt number and Reynolds number. In 
the test system the driving force, (PAW - p A i ) ,  was set 
at 10 mm. and the inlet condition at 1 atm. total pressure. 
CaIculated quantities are tabulated elsewhere (19). 

Figure 2 shows the variation in local Stanton number 
for a hypothetical system with Nsc = 1. At a ZJd of 
about 18 the Stanton number approaches a constant value. 
The average Stanton number based on a log mean driving 
force over the entire section is shown by the single point 
at ZL/d = 18. It  should be pointed out that the diffusion 
convection result approaches satisfactorily in the limit, 
the value obtained from the analogy consideration of mo- 
mentum, mass, or heat transfer in pipes. The analogy re- 
sult, as shown by the dashed line, is the one calculated 
from the analogy expression recently proposed by the 
authors (21) which is known to fit the experimental data 
on mass and heat transfer. 

Figure 3 shows the calculation similar to the preceding 
one for a system with Nsc = 2.5. Again, the diffusion 
convection calculation seems satisfactory. It is of interest 

that in both cases considered, even for a test section of 
18 diam. length, the log and distance mean Stanton num- 
bers are significantly higher than the terminal local val- 
ues. This substantial effect of test section length may ac- 
count for some of the disagreement among various ex- 
perimental studies in which a constant Stanton number 
was assumed. 

From foregoing comparisons of the numerical solution 
of the diffusion convection equation with several experi- 
mental results it can be concluded that the numerical pro- 
cedure and the assumptions involved are satisfactory. 

In order to establish the role of film pressure factor in 
gas phase turbulent mass transport processes, several 
vaporization experiments were simulated in which film 
pressure factor (q or yBM) was varied over a wide range 
of Schmidt number, the length of the transfer section and 
the Reynolds number. Figure 4 shows our computer re- 
sults at NRe = 10,000 in a pipe of 17.7 diam. length and 
for the values of Schmidt number varying from N s c  = 
0.2 to N s c  = 2.5. Results show that within the limit of 
the calculation error the log mean Stanton number is con- 
stant over a wide range of x f ,  thus indicating that the film 
pressure factor enters to the first power. 

Is order to establish the role of film pressure factor in 
the mass transfer entry region, typical vaporization ex- 
periments for a case of ZJd of 2 were simulated on the 
computer. These results are shown in Figure 5. Again 
it is seen that within the limit of the calculation error, 
film pressure enters to the first power. 

It is of interest to compare our diffusion convection 
results with those of Behrmann's ( 1  ) experimental data. 
One of Behrmann's experimental runs on desorption of 
ammonia from ammonia solution into air is simulated on 
the computer and x f  is varied over a wide range at Nsc 
= 0.675. Figure 6 compares our results with those of 
Behrmann's experimental data on absorption. I t  is of in- 
terest that the best curve through our calculated points 
agrees well with the least squares line representing Behr- 
mann's data. Since our diffusion convection results agree 
with the absorption data reported by Behrmann, it may be 
concluded that the direction of mass transfer does not 
influence the mass transfer coefficient, and hence it may 
be generally concluded that the mass transfer coefficient 
varies inversely with the film pressure to the first power 
in absorption, desorption, or vaporization processes OC- 
cnrring in fully developed turbulent flow of gases in pipes. 

DISCUSSION 
From the preceding numerical results it may be con- 

cluded that, for practical purposes, the role of the concen- 
tration level of nondiffusing gases in turbulent transport is 
the same as that in pure molecular diffusion processes. But 
despite these conclusions there exists a number of in- 
herent limitations and uncertainties concerning its true 
role in the gas phase turbulent mass transfer process. A 
major uncertainty concerning the validity of one of the 
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basic assumptions made in this development will be dis- and Y B  - YBi 

Y B W  - YBi 
yu = cussed first. 

In the diffusion convection analysis it is assumed that 
the net radial flux of nondiffusing species vanishes every- 
where in the diffusion system. However, as pointed out in 
the previous sections, this condition is satisfied only at 
the solid boundary. In order to check the validity of this 
assumption local values of mass transfer rates of nondiffus- 
ing species are estimated from the knowledge of the cal- 
culated radial concentration profiles. The results of a 
typical vaporization case are tabulated in Table 3. In 
view of the extremely small magnitude of N B ,  in com- 

TABLE 3. CALCULATED RADIAL VARIATION IN MASS FLUX 
OF STAGNANT COMPONENT B .  

It is noted that in this formulation the local mass trans- 
fer coefficient appears to vary with the local concentration 
gradient of B at the wall, the mole fraction of B at the 
wall and the ratio of the concentration differences of the 
nondiffusing species, between the value at the phase 
boundary and the incoming stream, and between the phase 
boundary and the local averaged value. I t  should be 
pointed out that variation of the gas phase mass transfer 
coefficient with the film pressure factor is not explicit in 
the formulation. 

In the study of nonequivolume diffusion in laminar 
boundary layer flows, it is observed ( 5 ,  6) that the mass 

Nsc = l.o, yBm = o,69, N R e  = lo,ooo, z/d = 17.7 transfer coefficient varies directly with the concentration 
gradient at the phase boundary and inversely with the 

I concentration of the nondiffusing species at the phase Y/r 
0 0 0 boundary. In arriving at these results it is usually assumed 
0.01 2 x 10-10 1.3 X that the averaged concentration can be fixed arbitrarily 

as an inlet concentration. This appears to be a reasonable 0.02 3.7 x 10-10 
0.03 4.3 x 10-10 2.9 assumption in liquid systems. Since, in gas phase transfer 

in fully developed turbulent pipe flow the concentration 0.04 5.1 x 10-10 

gradient, as well as the averaged concentration of the 0.05 7.1 x 1O-lo 
0.1 5.4 x 10-10 
0.2 4.8 X 3.2 10-4 nondiffusing species, may vary locally, Y E W  does not nec- 
0.4 1.1 x 10-10 7.1 x 10-5 essarily enter in the same manner as in the laminar 
0.6 3.7 x 10-11 2.5 x 10-5 boundary layer case. 
1 .o 0 It should be pointed out that in the case of low con- 

centration differences in species A between the wall and 
parison to the total mass flux, it may be reasonably as- the bulk stream (which is the case under consideration) 
sumed that species B is stagnant. local values of the film pressure factor do not differ 

To gain some further insight into the case of stagnant greatly from the values of the concentration of the non- 
B diffusion, we may examine the typical magnitude of the diffusing species at the phase boundary. I t  is of interest 
interfacial velocity resulting from the diffusion flux. Fig- to note also that in all hypothetical cases considered here, 
ure 7 shows a typical variation of radial velocity com- the values of yBM did not differ by more than 3% from 
ponent calculated from Equation ( 3 )  by using the corn- the corresponding values of ysw. Therefore it may be 
puted concentration profiles. The shape of the curve sug- concluded that under conditions normally encountered 
gests that the radial velocity component decays quite in the design of mass transfer equipment the choice of 
rapidly with distance from the wall under low mass yBM appears satisfactory. 
transfer rates. Therefore in view of the small values of In the case of very high mass transfer rates the velocity 
radial velocities it is not surprising to find that the cal- field may be appreciably affected by the diffusion flux. 
culated ratio of flux of B to the total flux is small. Therefore, knowledge of the variations of the eddy dif- 

Besides the major assumption of stagnant B diffusion fusion coefficients and the velocity with position in the 
there are inherent limitations in the present analysis. pipe under finite mass transfer rates is essential before 
Examination of Equation (18), which relates the  US the diffusion convection calculations can be carried out. 
transfer coefficient to the concentration gradient and the Therefore the role of the concentration level of the non- 
bulk averaged concentration, reveals that in the special diffusing species in the gas phase transport processes 
case of diffusion of A through a stagnant B the local mass under very high mass transfer rates is still undetermined. 
transfer coefficient can be related to the concentrations However, the method of calculations presented in this 
of B as follows: study should prove to be valid in the range of mass trans- 

fer rates normally encountered in separation processes. 

N B  N ~ / N ~  + N~ 

25 X 

::$ 
3.6 10-4 

- 

W CONCLUSIONS 
where 

k, = N A / ~ A W  - yABvg = mass transfer coefficient based on 
1. From the results of this investigation it may be con- 

cluded that under low mass transfer rates for a system at 
constant Schmidt and Reynolds number in fully developed 
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mole fraction differences 



turbulent flow of gases in pipes, the product of the gas 
phase mass transfer coefficient and the log-mean mole 
fraction of the nondiffusing gas is nearly constant both in 
the mass transfer entry region and in the fully developed 
regions. 

2. Mass transfer rates predicted by our diffusion con- 
vection calculations for desorption agree quite well with 
Behrmann’s absorption data. Hence it may be concluded 
that there is no effect of the direction of the mass transfer 
on the mass transfer coefficient. 

3. We show that the effect of the mass transfer section 
length on the rate of mass transfer is generally quite sig- 
nificant, and the results of the diffusion convection analysis 
for long mass transfer sections approach the momentum 
and mass transfer analogy result satisfactorily in the limit. 

4. We show that close agreement between the predicted 
values and the experimental data of mass transfer rates 
supports the use of our velocity distribution function and 
assumed equality of the eddy diffusivities for momentum 
and mass. 
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NOTATION 

A 
B 
C A  
C A W  
Cavg 
C B  
C i  
C t  
d 
D 
E 
E 
f 
g c  
k c  

k!J 

k ,  

N A  

N B  
P 
P A  

P A  

P*vg 

P B  
PBW 
PBM 

R 
R’ 
T 

U0 

N A W  

PAi 

PAW 

T 

= diffusing species 
= stagnant species 
= molar concentration of species A 
= molar concentration of species A at the wall 
= averaged molar concentration of species A 
= molar concentration of species B 
= molar concentration of species i 
= total molar concentration 
= diameter of a pipe 
= molecular diftusivity 
= eddy diffusivity 
= E / v  
= friction factor 
= conversion constant 
= mass transfer coefficient based on molar concen- 

tration difference 
= gas phase mass transfer coefficient based on par- 

tial pressure difference 
= gas phase mass transfer coefficient based on mole 

fraction difference 
= molar flux of species A 
= molar flux of species A at the wall 
= molar flux of species B 
= total pressure 
= partial pressure of species A 

P A  - PAi  

PAW - PAi 

- - 
= partial pressure of species A in the inlet 
= averaged partial pressure of species A 
= partial pressure of species A at the wall 
= partial pressure of species B 
= partial pressure of species B at the wall 
= log mean partial pressure of species B 
= radial distance 
= radius of pipe 
= gas constant 
= temperature 

= dT0 g c / p  = 

U = time-averaged mass velocity in axial direction 

U,,, = maximum velocity 
U o  = averaged velocity 
V, = radial velocity 
Vz 
X f  = film pressure factor 
y f  = yV”/v 
YB = mole fraction of inert component B 
Y B M  = log mean mole fraction of inert component B 
Y” = y/R 
YBW = mole fraction of inert component B at the wall 
Z = axial direction 
2, = length of pipe 
z = z/z, 
Greek Letters 
p = density 
p = viscosity 
Y = kinematic viscosity 
E = eddy viscosity 
0 = azimuthal direction 
r = shear stress 
70 

Dimensionless Groups 
N R ~  = Reynolds number, U0d/v 
N s c  = Schmidt number, v / D  
N S A  = Sheiwood number, k,R’Td/D 
Nst = Stanton number, kcXf/Uo 
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